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PREFACE 
This study was carried out to develop a short-cut method of pre-
dtcting the minimun number of theoretical trays in distillation columns 
operating on feeds which can exhibit partial miscibility. These systems 
are usually encountered in the organic chemical industry. The method 
was applied to one binary and two ternary systems which exhibit hetero-
geneous azeotropic behavior. The method was developed specifically for 
single feed, two product distillation columns; but it can be easily 
extended to describe the behavior of various complex column configura-
tions as multiple feeds and more than two products. This will lead to 
an increase in the computational time requirements. 
Description of the thermodynamic behavior of the systems handled 
was critical to the solution of this problem. The Renon Non Random 
Two Liquid method of predicting liquid phase activity coefficients 
coupled with the Prausnitz model for the vapor phase fugacity was found 
to be the most successful method for predicting the vapor-liquid-liquid 
equilibria constants. 
I would like to give my sincere appreciation to Prof. J. H. Erbar 
for his encouragement and valuable advice during this work. The 
financial assistance provided by the School of Chemical Engineering and 
Institute of International Education to carry out my studies are grate-
fully acknowledged. I would like to express my deepest appreciation to 
my parents for their support and enthusiasm. 
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CHAPTER I 
INTRODUCTION 
Short-cut methods of predicting the performance of distillation 
columns have played an important role in the hydrocarbon processing 
industry. Using these calculations, the designer can quickly and 
easily evaluate the feasibility of a.proposed separation. Because the 
thermodynamic behavior of typical hydrocarbon systems is more or less 
ideal, the short-cut methods yield excellent results. 
In the organic chemical industry, systems which exhibit very highly 
nonideal behavior are encountered. These systems show azeotropic behav-
ior, and heterogeneous azeotropic behavior is not uncommon. Heterogen-
eous azeotropic behavior is the condition when one vapor and two liquid 
phases exist simultaneously and the volatility of one of the components 
shifts from being more volatile to less volatile than some other com-
ponent in the system. Because of the extremely complex thermodynamics 
involved in these systems and the computational difficulty of applying 
these thermodynamic methods in the usual design procedures, few calcu-
lational tools are available to predict the performance of systems which 
exhibit heterogeneous azeotropic behavior. As a result of the lack of. 
these computational tools, even the simplest distillation system is 
cqmpletely and thoroughly evaluated in a laboratory column to determine 
the operational characteristics of a column performing a given separa-
tion. These experiments are tedious to perform, time consuming, and 
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as a result extremely expensive. The development of reliable methods 
for performing screening calculations on such systems could eliminate 
a significant amount of the laboratory experimentation required to 
assess the feasibility of a given separation. 
2 
The objective of this study was to develop a short-cut method 
which would reliably predict the separation that can be achieved for a 
highly nonideal system in a distillation column operating at total 
reflux. In addition, the method should reliably predict impossible 
separations, i.e. those separations in which azeotropic behavior is 
found, the minimum number of trays, and the product distributions re-
sulting from the specified key component splits. While the short-cut 
methods are not widely used by the practicing engineer at this time, 
they serve a valuable purpose in that they allow the design engineer to 
quickly and easily evaluate the feasibility of a given separation, 
Further, the results of the short-cut calculations can provide valuable 
information about the parameters for tray-by-tray calculations of 
columns operating at finite reflux rates. 
CHAPTER II 
LITERATURE SURVEY 
There are two distinct areas that must be considered in the 
development of a method for predicting the minimum number of theoreti-
cal trays in highly nonideal systems. First, one must consider the 
computational methods currently available. Secondly, the methods of 
predicting the thermodynamic behavior of these highly nonideal systems 
must be considered. This latter category involves both the equations 
to be used in the description of thermodynamic behavior of these systems 
and the availability of data which can be used to evaluate the necessary 
constants for the various models. In the following sections each of 
these areas is discussed. 
Prediction of the Minimum Number of Trays 
The minimum number of theoretical trays is that number of trays 
required to accomplish a given separation at total reflux. The con-
dition of total reflux can be visualized in one of two ways: (1) No 
feed is int~oduced to the column and no products are withdrawn. The 
vapor leaving the top tray is totally condensed and returned to the 
column. The liquid leaving the bottom tray is completely vaporized and 
returned to. the column. Under adiabatic conditions, the heat supplied 
to the reboiler is equal to the heat removed in the condenser. (2) The 
column has both finite feed and product rates. The liquid and vapor 
3 
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~low rates inside the column are infinitely large compared to the 
entering feed or leaving product rates, so that the total reflux con-
dition is practically satisfied. Under these circumstances, the con-
denser and reboiler duties are infinitely large. 
The first case is the theoretical definition of the total reflux 
condition encountered in standard chemical engineering textbooks. This 
case is also represented in industrial practice as the start-up proce-
dure for a distillation column. In this procedure, a small amount of 
feed is charged to the column. The reboiler heat supply is started and 
the overhead vapors are totally condensed and returned to the column. 
No products are withdrawn from the column. The second case is a con-
venient mathematical simulation of the theoretical condition. Certain 
advantages are derived from this description: (1) Standard tray-by-tray 
calculations can be adapted to total reflux calculations using this 
approach. (2) The designer can determine the product rates and compo-
sitions for a specified key component separation with a minimum of 
computational difficulty. (3) Visualization of the total reflux 
condition is somewhat easier. 
Computational Methods 
Two methods are currently available for predicting the minimum 
number of stages required to accomplish a given separation for systems 
with nonideal behavior. These procedures, graphical in nature, were 
reported by Ellis and Pearce (1), and Tanaka and Yamada (2). The 
Ellis and Pearce procedure relies on the use of a modified McCabe-
Thiele diagram. In this approach, McCabe-Thiele diagrams are plotted 
for each of the binary pairs with equilibrium lines corresponding to 
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various compositions of the third component. A complex procedure of 
stepping off the stages using both binary x-y diagrams is required. 
Further, the method requires two. different plots and interpolation 
between these plots. It is limited .to systems containing a maximum of 
three components. The Tanaka and Yamada procedure uses a triangular 
diagram which relates the vapor and liquid compositions of the ternary 
system. Although it requires the use of only one diagram, it is limited 
to ternary systems as well. Most of the separations in tqe chemical 
processing industry involve more than three components. Thus, improved 
computational tools are required if the designer is to be able to 
predict the performance of distillation colu.mns using the short""'cut · 
procedures. 
Two compu~ational methods have been developed for predicting the 
minimum number of theoretical trays for multicomponent systems which 
exhibit more or less. ideal thermodynamic behavior. These are reported 
by Fenske (3) and Winn (4). Both methods were developed from an 
analysis of the behavio.r of distillat.ion columns operating at total 
reflux. Their methods of development are similar; the models of der 
scribing the behavior of the equilibrium constants over the range of 
concentrations encountered in the column represent the major difference 
between the two. 
The Fenske representation of the variation of the vapor-liquid 
equilibrium .constants from the condenser to the reboiler is: 
In the application of Equation (1), the relative volatility ai of 
(1) 
the individual components is as.sumed to be constant over the range of 
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temperatures and compositions encountered in a distillation column. 
But, this assumption is not valid unless very narrow boiling range 
feeds are encountered, i.e. those feeds in which the. difference 
between the boiling points of the lightest and heaviest components is 
quite small. Therefore the assumption is not applicable to wide boiling 
range feeds. 
Recognizing the problems encountered with the Fenske equation, 
Winn developed an alternate expression to predict the mini.mum number of 
theoretical trays. The only difference between the Winn equation and 
the Fenske equation is the representation of the behavior of the 
equilibrium K values. The Winn equation is expressed as: 
(2) 
In this approach, the variation of the logarithm of the equilibrium 
K values as a function of the logarithm of the K value of the heavy 
key is presumed to be linear over the entire column. This type of 
behavior has been demonstrated to be reasonably acceptable for hydro-
carbon systems. This form of representing the relationship between 
equilibrium constants is more general and should be capable for further 
generalization than the Fenske model. 
Thermodynamic Behavior 
In the usual design procedure, the thermodynamic properties of 
the components in the mixture must be predicted by some form of a 
correlation. The properties that are of most interest in distillation 
calculations are the vapor-liquid equilibrium constants and enthalpies 
of the vapor and liquid phases. The latter are important when 
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considering standard tray-by-tray calculations for columns at opera-
tional reflux rates and when using these calculational procedures to 
predict the minimum number of trays. However, other tray-by-tray 
procedures can be developed to predict the minimum number of theoretical 
trays without using enthalpy data. For this reason, only vapor-liquid 
equilibrium K value prediction methods will be discussed. 
There are many methods for predicting vapor-liquid equilibrium 
constants available in the literature. Three of the most recent methods 
were considered for use in the proposed distillation calculations. Two 
of them are based on the following expression as proposed by Prausnitz 
(5): 
fo K = _ __._y_ 
~ p (3) 
Two different methods for predicting the liquid phase activity 
coefficient y, were chosen. For multicomponent mixtures this coeffi-
cient is determined by the Two Liquid Theory as follows: 
and 
m 
.. E. t. . G. . x. 
= J=i Jl. Jl. J 
m G •• x . 
t,. -
m 
E 
l t ,G .x r= rJ rJ r 
m 
+ E l.J J ( 
j=l Gljxl l.J m E G1 . x1 Jl..=l ]_ 
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In the Renon Non Random Two Liquid Theory (6): 
G. . = exp (-a. . t .. ) Jl. Jl. Jl. 
(4) 
(5) 
(6) 
However, in the Smith-Palmer Theory (7): 
and 
t .. ]1 
PS 
= ln c....i!.) 
. s 
pii 
t.H .• -t.H .. 
G = exp t. J1 11 + t ) ji \ -,R T ji 
Both theories were reported of being able to predict liquid 
phase separation by proper adjustment of the empirical parameters 
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(7) 
(8) 
involved in Equations 5, 6, 7 and 8. The Smith-Palmer equation appears 
to have an advantage over the Renon equation since the parameters may 
be predicted from generalized correlations. 
The remaining terms in Equation 3 can be evaluated using the 
approach of Prausnitz for the vapor phase fugacity coefficients. 
Assuming that the virial equation of state is valid for the vapor 
phase, the vapor phase fugacity coefficient cp, can be.expressed as (5): 
(9) 
The standard liquid phase fugacity f 0 is evaluated using the 
Poynting correction for the liquid phase and the virial equation of 
state for the vapor phase as follows (5): 
s -L 
piiBii vi s s 
ln fo = RT +RT ( p - pii) + ln pii (10) 
An alternate approach was developed by Wellendorf (8). This 
approach is based mainly on the modification of Redlich-Kwong equation 
of state approach for the liquid and vapor phases by Soave (9). 
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The modified equation of state is given as follows: 
p RT a(T) 
= v-b - v(v+b) (11) 
where a and bare expressed in terms of critical properties and the 
proposed mixing rules for mixtures. a p Letting A= and B 
R2 T2 
b p 
=--RT 
Equation 11 can be rewritten as: 
z3 - z2 + Z ( A-B-B2) - AB= 0.0 (12) 
If Equation 12 is solved for the liquid and vapor phase compressibility 
factors using the respective A and B values for each phase, and the 
following definitions of fugacity coefficients 
dv - ln Z (13) 
and vapor-liquid equilibrium constant 
(14) 
are used,. tlle thermodynamic behavior of highly nonideal systems can be 
evaluated. The approach seems particularly attractive, since it 
requires fewer parameters to be evaluated from experimental data than 
the preceding two methods by Renon and Smith-Palmer. 
CHAPTER III 
THEORY AND BACKGROUND 
The development of a short-cut method for predicting the minimun 
number of theoretical trays required to accomplish a specified separa~ 
tion for multicomponent mixtures which exhibit nonideal behavior such 
as phase-splitting and/or azeotrope formation will be outlined in this 
chapter. The development of the equations follows the development 
presented earlier by Fenske and Winn. However, their procedures must 
be modified to define the phase behavior and compositions of the liquid 
and vapor phases on a given tray in the column. A suggested method for 
applying the final equations developed in this section is also presented. 
Method of Development 
From the sketch of a distillation column shown in Figure 1, the 
pertinent material balance relationships are given as follows: 
Overall material balance 
F = D + B 
• 
Overall component material balance 
f. = d. + b. 
1 1 1 
These material balances are standard and apply to any distillation 
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(15) 
(16) 
TOTAL CONDENSER 
REFLUX 
TOTAL REBOILER 
l:igure L Schematic Diagram of a Simple Distillation 
Column 
L ·1 B,n• B,n,i• ~.n,i 
Ln• 1' x' n,i • n,i 
Figure 2. A Typical Tray which Exhibit Three 
Phase Behavior 
11 
12 
column. The total material balance around a given tray and the con-
denser of the column is: 
V = L + D 
n-1 n (17) 
and a component material balance around the condenser and any tray in 
the column is: 
or 
v l . = 1 . + d. 
n- ,i n,i i 
V 1 Y 1 · = Ln xn,i + D xd,i n- n- ,i 
(18) 
(19) 
Under total reflux conditions, Equations 17 and 19 can be modified 
as follows: 
V = L 
n-1 n 
V y = L x 
n-1 n-1,i n n,i 
From Equations 20 and 21 a significant result can be obtained 
= x . 
n,i 
(20) 
(21) 
(22) 
The vapor and liquid leaving any tray in the column are assumed 
to be in equilibrium with each other. This assumption allows the use 
of the following identity 
= K . x . 
n,i n,i (23) 
which relates the composition of the vapor to the composition of the 
liquid leaving the tray. Using this definition and the total reflux 
condition (Equations 22 and 23), the composition of the distillate 
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leaving the top tray can be related to the product leaving the bottom 
tray in the column, by the following equation: 
(24) 
Designating the component whose concentration in the bottom 
product is to be controlled as the light key and the component whose 
concentration in the distillate is to be controlled as the heavy key, 
Equation 24 can be rewritten as follows: 
(25) 
To this point in the derivation, no assumptions have been made 
except the one regarding an equilibrium tray. The assumption of 
constant molal overflow or constant volatility has not been made at 
all. 
At this stage, Fenske assumed that the ratio of the K values is 
constant over the entire column which leads to applying the constant 
relative volatility concept. 
(26) 
However, using the Winn approach for describing the behavior of 
equilibrium K values over the column, Equation 25 can be rewritten as: 
(27) 
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or it can be simplified using the light and heavy key splits as: 
(28) 
At this point in the derivation, several decisions must be made. 
The material balance equations require that the liquid streams leaving 
a given tray be treated as a single stream, not as several liquid 
streams each having a different composition. If there are two liquid 
phases leaving a tray, the total liquid stream composition must be used 
under total reflux conditions. However, the thermodynamic calculation 
procedures, to function satisfactorily, require consideration of the 
possibility of the existence of two liquid phases with different com-
positions. This means that the two procedures are not compatible 
unless an artificial method of determining the total composition of 
the two liquid streams leaving the tray is developed, or a complex set 
of equations applicable to three phase systems under total reflux is 
developed. The former approach of computing the total stream compo-
sition of the two streams leaving the tray was chosen. This approach 
also requires that an effective equilibrium K value between the vapor 
and the combined liquid streams be calculatedo 
From material balance definitions, the composition of a single 
stream which is equivalent to the two real streams leaving the tray 
can be developed as follows: 
L L 
x . = ~ x + (1 - ~) XB . 
n,i L A,n,i L ,n,i 
n n 
(29) 
Recognizing the fact that the vapor must be in equilibrium with 
both liquid phases leaving a given tray, a pseudo-equilibrium K value 
can be defined as follows: 
I I 
= K · • x . 
· n,i n,i 
Using Equ,ations 29. and 30 a system which. exhibits three phase 
behavior can be transiated into a pseudo system which exhibits two 
phase behavior with a pseudo-equilibrium K value evaluated from the: 
combination .of Equations 29 and 30. 
I KA . KB . 
K-i = zn2 1 2nzl. n, L L ( A2n) 
~,n,i + (1~) KA . L . L ,n, J. 
n n 
The equations. developed for total reflux can be applied to · any 
15 
(30) 
(31) 
mixture which exhibits three phase behavior. However, the necessity 
of describing the variation of the K values of the individual components 
over the column still remains. A reasonable assumption would be that 
Winn model will apply to the descrivti,on of these pseudo K values •. 
Thus, the.modifie~ Winn equation would take the following form: 
(32) 
Certainly, the validity of this assumption should be questioned 
since azeotropic behavior is. encountered. in the maj9rity of the three 
phase systems. If it is practically_satisfied over the entire column, 
the minimum number of theoretical .trays can.be calculated from the 
specified feed composition and· the two key component splits by the 
following equation: 
16 
e' 1-e' 
(~) (E..) LK(B) LK I N 
b LK d HK D = B LK (33) 
Procedure of Application of Proposed Method 
The equations developed in the preceding section can be applied 
to distillation calculations at total reflux as follows: 
(1) Specify the feed composition, expected colllllln pressure, and 
the desired light and heavy key component splits, 
(2) Perform the appropriate equilibrium calculation on the 
feed such as bubble point, dew point, or flash. 
(3) Based on the K values calculated for the feed, estimate 
the relative volatilities a! of individual components from the K'. 
i i 
values. 
(4) Predict the minimum number of theoretical trays for the 
specified key component separations, 
(5) Predict the non-key component product distributions based 
on the preceding calculated information, replacing a non-key for the 
light key component in Equation 26, 
(6) Perform bubble point calculations on both the distillate 
and bottom product streams, 
(7) Compute the pseudo vapor-liquid equilibrium constants both 
at the top and at the bottom trays of the column using the individual 
equilibrium K values calculated during the bubble point calculations, 
(8) Apply Equation 2 both to the top and the bottom trays of 
the column to estimate the B' and e' values for every component based 
on the heavy key. 
(9) Perform the minimum number of stages calculation using 
Equation 33 with the total product rates computed in step 5. 
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(10) Recompute the product distributions and compare them with 
the assumed rates of every component present. If there is no signifi-
cant difference between the assumed and calculated product rates, the 
calculations are terminated. If the agreement is .not satisfactory, 
return to step 3. 
This procedure is an application of both Fenske and Winn models 
to predict the minimum number of theoretical trays for a column hand-
ling systems which may exhibit heterogeneous azeotropic behavior. This 
combined application is necessary because the vapor-liquid equilibrium 
constants are highly composition dependent. The approximate composi-
tion of the terminal streams must be known before the equilibrium K 
values can be predicted for these terminal streams. Thus, the Fenske 
equation is used to obtain an initial estimate of these product compo-
sitions. Then, the Winn equation .is employed to refine these estimates 
and ultimately, through a trial and error procedure, arrive at a final 
solution to the problem, 
In theory, the top tray temperature should be predicted by a dew 
point calculation on the distillate composition, sinc.e the top tray in 
the distillation column is the last tray that performs a separation on 
the distillate. However, when considering dew point calculations in 
mixtures which may form two liquid phases, they will not properly 
determine the presence of these two distinct phases except in unusual 
circumstances. Furthermore, the dew point calculation will not predict 
the relative quantities of ea.ch phase that should appear at an equili-
brium tray. If Equation 31 is to be used, the relative quantities of 
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each phase present must be known.to predict the pseudo-equilibrium K 
values. Thus, the bubble point calculation was sele.c ted as the proper 
calculation to be performed at the top tray of the column, since it 
will predict the relative amounts of the phases present and allow 
estimation of the pseudo-e~uilibrium values.· If the Winn model is able 
to predict correctly the variation .of the K' values over. the column, no 
significant differences should be noted between using the dew point 
ot the bubble point calculation at the top tray. 
In dealing with highly nonideai sys.tems which can exhibit 
heterogeneous azeotropic behavior, several allowances must be made for 
the variation of the K' values. Some typical behavior is shown in 
Figure 3 where the hypothetical K' value behavior for components 
A, B, C, D, and E are plotted as a funcl;:ion of the heavy key component 
K' value. Components D and E azeotrope with each other, but they do not 
azeotrope with the heavy key. Components Band C also azeotrope with 
each other, but not with the heavy key. The behavior of component A 
is unusual. It azeotropes with components B, E, and the heavy key. 
A plot similar to Figure 3 can be helpful in choosing components 
to be used as the light and the heavy keys •. For example, if component 
A was selected as the light key component and the specified light and 
heavy key splits were such that the azeotropic point would be crossed, 
an impossible computational situat:ion would result. This would be 
observed by the .short-cut method predicting a negative number of minimum 
theoretical .trays, or the distillate temperature being higher than the 
temperature of bottom product. aowever, components Dor E could be 
selected as the light key component without any computational difficulty. 
The effect of. the azeotropes. bei;ween components D . and E and between B 
and C is not known., 
~ 10.0 
I 
I 
i 
19 
0.1,.__~~-'-~-'-~"--...._..._ ............. ~~~....,_~ ........... --......................... ~~~ ........ ~ ...................... _._ ................ 
0.1 1,0 10.0 
Effective K value. of the. Heavy Key 
Figure 3. Typical Effective K Value Behavior Encountered in 
Multicomponent Organic Mixtures 
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Model Validation 
There are two major ways of evaluating a given theoretical method: 
(1) Substantiate the model by experimentation or (2) Compare the 
model with the results of other investigators and with sound theoretical 
predictions. In this study, the second approacn was chosen. There 
are few results of minimum theoretical stage predictions available in 
the literature. The alternate method of evaluating the proposed 
procedure required the development of a tray-by-tray calculation for 
total reflux conditions. The procedure uses the bottom product com-
position predicted by the short-cut method as a starting point •• From 
the earlier development, the vapor leaving a given tray is. in equili-
brium with the liquid or liquids leaving that tray. Likewise, the 
liquid entering the tray is equal in composition to the vapor leaving 
that tray. . Then,. by performing succ.essive bubble point calculations, 
/ 
on .the liquid or liquids leaving any given tray in the column, the 
total reflux condition can be simulated mathematically. This procedure 
can be extended for any number of trays, however, it will not guarantee 
that the distillate composition predict,ed by the short-cut method will 
be calculated exactly. 
The estimated composition of_ the vapor leaving two success.ive 
trays using the tray-by-:-tray procedure will usually cross the distillate· 
composition predicted by the short-cut method. An interpolation 
scheme can,be used to determine. exactly the minimum theoretical ~rays 
required to accomplish the specified separation. · Note that the short-cut 
• pro'cedure plays an important role in this calculation since the terminal 
stream compositions are used as the starting point for the tray-by-tray 
procedure. 
CHAPTER IV 
RESULTS AND DISCUSSION 
Thermodynamic Property Prediction~ 
'rwo ternary systems which are known to exhibit three phase behavior 
were chosen for the evaluation of the short-cut method. These systems 
were selected due to the availability of adequate binary and ternary 
vapor-liquid equilibrium data in the literature which would allow the 
evaluation of the various methods for predict~ng the equilibrium K 
values. As mentioned earlier, at least three methods of predicting 
the phase behavior of highly nonideal systems are available. These 
methods were all. evaluated. The best method was found to be the Renon. 
Non Random Two Liquid approach combined with the Prausnitz et al. (10) 
procedure for predicting the vapor phase fugacity coefficientso The 
problems with the Smith-Palmer and Soave modified Redlich-Kwong methods 
were: (1) Binary interaction parameters evaluated for the Smith-Palmer 
method, when applied to the ternary systems, yielded values tha.t were 
far beyond reality. These unreason~ble values led to impossible 
computational situations within the program and completely unrealistic 
results for the ternary systems studied. (2) The Soave modified 
Redlich-Kwong approach would not adequately predict the observed pre-
sence of the two liquid phases. This problem may have been due to 
errors involved in the liquid phase compressibility factors predicted 
21 
by this approach. Because of these problems, neither the Soave 
approach, nor the Smith-Palmer approach were cons.idered further. 
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Renon and Prausnitz (6) have presented binary interaction para-
meters for the various binary systems. used in this study. Poor per-
formance of the thermodynamic prediction procedures in the. form of 
unrealistic results in bubble point te111peratures and phase compositions 
in the short-cut method led to the revision of these parameters. The 
procedure applied was a scanning operation in which the values of the 
empirical parameters were varied over specific ranges and the absolute 
and percentage errors in the predicted K values with total system 
pressure were compared visually. The predicted K values and total 
system pressure based on the revised parameters were in better agree-
ment with the experimental data than the on~s based on the original 
parameters for three binaries. An error analysis of these new para-
meters is summarized in Table I. Two binaries which show azeotropic 
behavior• one binary with hete.rogeneous azeotropic behavior, and two 
other binaries were tested using the new parameters for prediction 
of azeotropes and phase-split behavior. The results were found 
satisfactory. 
Short-Cut .· Method 
After the thermodynamic prediction problems had been solved, the 
proposed short-cut method was evaluated from several different aspects. 
Three factors were considered in this evaluation: (1) Ease and· 
reliability of convergence to a solution. (2) Ability to predict the 
feasibility of a proposed separation in a multicomponent mixture with 
Binary system 
studied 
Water-Ethyl 
alcohol 
Water-Ethyl· 
acetate 
Ethyl alcohol-
Ethyl acetate 
Acetic acid-
Ethyl acetate 
Acetic acid-
Water 
TABLE I 
NRTL LIQUID PHASE ACTIVITY COEFFICIENT PARAMETERS WITH 
THEIR ASSOCIATED PERCENT ERRORS 
gl2-g22 g21-gll al2 Error% Error% 
in Kl in K2 
1075.0 100.0 0.40 1.3 2.9 
(976.0) (88.0) (0.30) (2.2) (6.5) 
2415.0 790.0 0.35 3.5 3.4 
(2510.0) (1335. O) (0.40) (43.6) (2.3) 
250.0 310.0 0.30 9.9 4.3 
(301. 0) (322.0) (0.30) (11. 3) (2. O) 
-35.0 55.0 0.30 15.5 4.8 
20.0 175.0 0.30 1.1 3.5 
( ) Original Prausnitz-Renon parameters and errors in K values and total pressure. 
Error% 
in P 
1.1 
(2.3) 
2.3 
(4.4) 
1. 2 
(1.1) 
3.4 
1.3 
Ref. 
No. 
12 
14 
11 
13 
15 
N 
w 
nonideal thermodynamic behavior. (3) The differences between the 
results obtained from the short-cut method and the tray-by-tray 
calculations. 
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During the early stages of evaluating the proposed method, 
oscillatory behavior of the terminal stream compositions for the non-
key components was observed. In some cases, this oscillatory behavior 
was so pronounced that the calculations would never converge to a 
final solution or led to extended solution time requirements. To 
circumvent these convergence problems, a linear combination of the 
predicted and originally assumed distillate rates was used. The rule 
developed in this study is given by Equation 34: 
di,new = r di,predicted + (l-r) di,assumed (34) 
The value of r can be varied between zero and unity. The selection 
of this factor was critical in that it would strongly effect the rate 
of the solution and whether or not a solution can be obtained. Several 
different values of r were used in a single problem. For damping 
factors of 0.2 and 0.6 no solution was obtained to the problem. Figure 
4 shows this oscillatory behavior without a convergence possibility. 
Cases using factors 0.3, 0.4, 0,5 converged rapidly to a solution and 
gave essentially the same number of minimum theoretical stages. 
From studies like the one summarized in Table II, the optimum 
value for the damping factor appeared to be about 0.5. This value was 
used in all further studies without any computational difficulty with 
respect to the convergence of the problem. It should be noted that 
using this factor would slow down the solution where values close 
to unity should have been used. However, a factor of 0,5 will probably 
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preclude the possibility of extreme oscillatory behavior in the diffi-
cult problems where the problem could be expected to diverge and never 
reach a final answer. 
TABLE II 
THE EFFECT OF DAMPING FACTOR ON THE SOLUTION 
TIME REQUIRED IN A 360/65 IBM COMPUTER 
Damping factor Execution time Theoretical stages 
used required predicted 
0.50 38.7 sec 20.4 
0.40 15.4 sec 20.6 
0.30 23.1 sec 20.1 
Some other convergence problems were encountered in the bubble 
point ca],.culations performed (16). These usually came from inconsis-
tency problems in the thermodynamic prediction procedureso Using the 
values for the binary interaction parameters evaluated in this study 
eliminated most of these convergence problems. The revised values of 
these parameters gave excellent representation of the binary data 
including the points at which liquid phase separation and azeotrope 
formation would occur. 
The determination of the feasibility of a given separation appears 
to be quite satisfactory. A number of cases were run which yielded 
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either a negative minimum number of theoretical trays or a separation 
in which the. distillate temperature was greater than the bottom 
product temperature. Neither of these results is technically feasible. 
This condition would clearly indicate that the program is able to pre-
dict the infeasible separations correctly, 
For those cases where feasible splits were specified, a positive 
number of theoretical trays was predicted and the distillate tempera-
ture was less than .the bottom product temperature. These results are 
in accord with the observed behavior of real.columns, the theory, and 
most calculational procedures. Further, the problem investigated by 
Ellis and Pearce with the dehydration of acetic acid was applied to 
the short-cut method developed in this study. The result obtained is 
in excellent agreement with the one reported by Ellis and Pearce. 
The results of the short-cut method were compared with the tray-
by-tray calculation results in Table III, There exists quite a good 
agreement between the results of the short-cut method and the tray-by-
tray calculations performed. However, a certain amount of error is 
inherent in determining the exact number of theoretical trays required 
to accomplish a specified separation based on the tray-by-tray results. 
In a theoretical sense, there cannot be less than one theoretical stage, 
Therefore, a linear interpolation scheme was devised to. determine the 
approximate number of fractional trays required to accomplish a given 
separation. When the short-cut.distillate composition was bracketed 
between two successive theoretical trays, the vapor composition leaving 
the tray was assumed to be a linear function of the tray number. 
The short-cut procedure predicts a minimum number of trays which 
is generally higher than the rigorous tray-by-tray computations. 
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TABLE III 
SUMMARY OUTPUT OF CASES STUDIED WITH THE SHORT-CUT METHOD 
IN COMPARISON WITH THE TRAY-BY~TRAY CALCULATIONS 
System W-HAc- W-HAc- W-HAc- W-EtOh- W-EtOh- W-EtOh-
studied EtAc EtAc EtAc EtAc EtAc EtAc 
Light w w w EtAc EtAc Et Oh key 
Heavy HAc HAc HAc Et Oh EtOh w key 
(d/b)LK 34.8 99.0 3.0 1215.0 94330. 0 10.0 
(b/d)HK 2.8xlo10 99.0 9.0 10.0 12.0 1.33 
Nsh 15.2 9.6 3.5 5.8 16.0 2.0 
N 16-17 7-8 2-3 4-5 9-10 1-2 tt 
(d/b)NK 65.5 27300.0 77.0 0.667 0.335 104.4 
T top 
OK 
343.9 344.1 345.5 344.4 344.1 343.6 
(LA/L)top 0,93 0.50 0.66 1.00 1.00 0,92 
0 
Tbot K 390.2 390.8 382.4 358.9 364.2 351.2 
(LiL\ot 1. 00 1.00 1.00 1.00 1.00 1.00 
W: water, HAc: Acetic acid, EtAc: Ethyl acetate, EtOµ: Ethanol 
sh: short-cut method, tt: tray-by-tray calculations 
Thus, the short-cut procedure results are generally conservative and 
will lead the design engineer to reduce the contingency factors that 
are applicable. 
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The difference in the results between short-cut method and tray-
by-tray calculations can be explained by referring to Figures 5 and 6. 
These figures represent the typical variation between effective 
equilibrium K values as evaluated using the modified Winn model for the 
short-cut method and the tray-by-tray computation res.ults. The values 
predicted by use of the Winn model fell within the expected range of 
the tray-by-tray results with some discrepancy.as summarized in Table 
III. Except at the points approaching azeotropic points, the effective 
K values predicted by the tray-by-tray procedure are higher than those 
predicted by the short-cut method in general. Because of this differ-
ence, the minimum nuinber of theoretical trays predicted by the tray-by-
tray procedure should be expected to be smaller than that predicted by 
the short-cut method. However, from an analysis of Figures 5 and 6, 
the conclusion can be reached that the modified Winn model will satis-
factorily represent the behavior of the effective equilibrium constants 
over the entire column under total reflux conditions. This result is 
particularly useful in view of the fact that the systems handled 
exhibit highly nonideal thermodynamic behavior. 
The recommended procedure for predicting the exact number of 
minimum theoretical stages is: 
(1) Predict the minimum theoretical trays using the proposed 
short-cut method and estimate the terminal stream compositions. 
(2) Use the tray-by-tray calculations with a linear interpolation 
to determine the desired distillate composition for the final 
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100.0 
estimation of minimum theoretical trays to accomplish the given 
separation. 
In this approach the modified Winn model furnishes the starting 
point for the tray-by-tray computations. This is essential since 
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the terminal stream compositions are unknown due to the uncertainty in 
the distributions of all the non-key components between product streams. 
Therefore, all the non-key component distributions should be known as 
a rough estimate at the time the calculations are initiated for the 
tray-by-tray procedure. Time can be saved by investigating the feasi-
bility of a given separation in a multicomponent mixture by the short-
cut method before undertaking more rigorous computations. 
CHAPTER V 
CONCLUSIONS AND RECOMMENDATIONS 
A short-cut method has been developed that describes the perform-
ance of distillation columns operating at.total reflux on mixtures 
containing components which exhibit highly nonideal thermodynamic 
behavior. The procedure is an adaptation of the Winn method to systems 
which may form homogeneous and heterogeneous azeotropes. 
The method of solution used in this study will reliably predict 
the minimum number of theoretical trays required to accomplish a given 
separation, the non-key component distributions between product streams, 
and the number of phases present; or it will indicate that an impossible 
separation between the key components has been specified. The results 
of the short-cut method are in good agreement with the tray-by-tray 
calculations and results reported by other investigators which employed 
more elegant procedures. 
The recommended procedure for the design engineer in the evaluation 
of minimum theoretical trays for nonideal mixtures will be to use 
initially the short-cut method to determine the feasibility of the 
specified separation, and to estimate the minimum number of theoretical 
trays required with the resulting terminal stream compositions satis-
factorily. Tray-by-tray calculations at total reflux can then be used 
to further refine the estimate of the minimum number of theoretical 
33 
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trays and the related product distributions for individual components 
present. 
The procedure developed can be easily extended to multiple feed, 
multiple product columns using the techniques reported by Joyner 
et al. (17). This extension would only involve additional progrannning 
effort; no computational difficulty should be anticipated due to this 
extension. 
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